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The combined sugar and ethanol production process from sugar cane is a paradigmatic application for
energy integration strategies because of the high number of hot and cold streams involved, the external
hot utility requirement at two temperature levels for juice evaporation and crystallization, and the
electricity demand for juice extraction by milling. These conditions make it convenient to combine
the sugar-cane process with a CHP system fuelled by bagasse, the main by-product from juice extraction.
The strategies, tools and expertise on energy integration developed separately by the research teams
authoring this paper are applied here jointly to optimize the synthesis and the design parameters of the
process and of the total site starting from the basic idea of dissociating the heat exchanger network
design problem from the total site synthesis problem. At ﬁrst the minimization of the external heat
requirement for the process alone is pursued and results show that a one third reduction can be achieved
by optimal heat integration. Then the use of the by-product bagasse for on-site power generation is
considered and two bagasse-fuelled CHP systems are optimized along with some parts of the sugar and
ethanol production process in order to obtain maximum total site net power. Results show a variety of
interesting scenarios of combined sugar, ethanol and electricity production plants with considerably high
electricity output.
 2010 Elsevier Ltd. All rights reserved.1. Introduction
The advantages of applying energy integration techniques to
improve the efﬁciency of energy intensive plants have already been
discussed by several authors in the literature. Chemical processes
are a typical ﬁeld of application because a high number of material
and energy streams are usually involved at different temperature
levels. This feature allows the designer to consider a series of
process modiﬁcation options that realize a good energy integration,
the ultimate aim remaining the best trade-off between operating
costs and plant complexity.
Margins for improvement are deﬁned by the degrees of freedom
of the designer. These concern the selection of the process units to
realize the chemical conversion, overall plant conﬁguration and
design parameters such as temperatures, pressures and mass ﬂow
rates. The system has to be considered as a whole in order to fullyx: þ 39 049 827 6785.
zaretto).
All rights reserved.exploit the opportunities offered by process integration and
combined heat and power production (CHP) options such as fossil
fuelled steam or gas turbine plants. The number of degrees of
freedom further increases when renewable energy resources are
considered. For example, biomass can be used as fuel and burnt
directly, gasiﬁed or co-transformed into biofuel.
Several techniques were developed in the literature to deal with
energy integration problems (among others, Pinch analysis [1],
exergy and thermoeconomic analyses [2], expert systems [3]). LENI
developed a software, named EASY, to deal with the general
“synthesis problem” in complex energy systems. EASY ﬁnds the
best heat integration among system thermal streams by solving
a mixed-integer linear programming problem, subject to the linear
inequality constraints of heat transfer feasibility, in which the
binary variables are associated with different parts of system
superstructure and the continuous variables are themass ﬂow rates
in such parts. LENI also suggested to apply this method to all the
possible values of system design parameters. Accordingly, the
optimal boundary conditions of the overall heat transfer section within
M. Morandin et al. / Energy 36 (2011) 3675e36903676the system (i.e. including all thermal streams existing in the optimal
system conﬁguration) are found using the so-called Effect Modeling
and Optimization method [4]. In the different perspective of
total system synthesis and design optimization, the so-called
HEATSEP method [5,6] suggests to virtually separate the heat
transfer section from the rest of the system (the “basic” plant
conﬁguration), and to leave its conﬁguration completely undeﬁned.
This separation is achieved by “cutting” all the possible thermal
links between components (i.e. the temperature at the inlet of
a component is free to vary independently of the temperature at
the outlet of the preceding component) and generates the set of all
the potential thermal streams of the system. The search for the
optimal “basic” plant conﬁguration and the optimal values of its
design parameters (including all the temperatures made free by
thermal link cuts) is then performed by an optimizer that, there-
fore, determines the optimal boundary conditions of the overall heat
transfer section within the system, as the LENI approach does.
Starting from this background, the authors decided to share
their expertise in this paper in order to investigate the potential
ways for energy integration improvement in a sugar-cane conver-
sion process, ﬁrst focusing on the process only and then including
a CHP system fuelled with the main process by-product (bagasse).
The case has beenwidely studied in the literature (see, e.g.,[7e12]),
as it is complex and paradigmatic. This work follows a work on the
same subject [13,14], in which the model of an existing sugar-cane
plant for combined sugar and ethanol production is presented in
detail along with possible design improvements.
The base case sugar-cane conversion process is ﬁrst analyzed
in Section 3 in order to obtain reference values for the heat streams
involved and for the energy requirements of the process. The
operating parameters and the conﬁguration of the base case
scenario are taken from [14]. The ratio between sugar and ethanol
production rates is then considered as a parameter in the analysis.
In addition to the value used in the base case process conﬁguration
(31% sugar and 69% ethanol by mass), other two production
ratios are considered (50% sugar, 50% ethanol and 67% sugar and
33% ethanol). Different energy and heat loads in the sugar-cane
conversion process are obtained by varying this ratio, since the
juice mass ﬂow rates in some components change.
The optimization problems tackled in Section 4 and Section 5
deal with a process in which the raw material (sugar-cane) is
ﬁxed and all the mechanical and chemical transformations of
both this material and its sub-products (juice, bagasse, molasses)
are ﬁxed to design point conditions. In Section 4 the sugar-cane
conversion process into sugar and ethanol is considered alone,
and the synthesis and design variables of the multi-effect evapo-
rator are optimized to achieve the minimum process thermal
requirement. In Section 5 two bagasse fuelled CHP systems are
coupled to the sugar-cane conversion process, a traditional steam
cycle (based on a condensing turbine with one steam extraction)SUGAR 
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Fig. 1. Schematic representationand an integrated gasiﬁcation combined cycle. Some design
parameters of the two CHP systems are optimized together with
some synthesis and design parameters of the sugar-cane conver-
sion process in order to produce the maximum net electricity to be
sold to the market by using the whole amount of bagasse extracted
from the input sugar-cane stream.
In both kind of problems the system is optimized according
to purely thermodynamic objectives. Moreover, the problem of
deﬁning the heat exchanger network that accomplishes the
optimal heat integration is left to be solved by a subsequent
synthesis problem and is not presented here. In fact, the most
proﬁtable total site heat exchanger network conﬁguration can be
found only by performing a thermoeconomic analysis, which is
beyond the scope of the present paper. Nevertheless, the results
presented here are useful to understand the maximum potential
for energy savings in the sugar-cane conversion process and
maximum potential for on-site electricity production when
considering a bagasse fuelled CHP system.
2. The sugar-cane conversion into sugar and ethanol: plant
overview
A concise description of the sugar-cane conversion plant for
sugar and ethanol production is given in this section. More detailed
information about this industrial process may be found in the
books by Hugot [15] and Rein [16]. The reader is also referred to
[17] and [18] for the sugar and ethanol production processes,
respectively.
2.1. Sugar-cane
Sugar-cane basically consists of water (mass fraction 73e76%),
soluble solids (10e16%) and dry ﬁber (11e16%). Soluble solids are
the chemical compounds that must be extracted from raw biomass
and then converted into the desired products. In particular, the
main compound involved in sugar and ethanol production is
sucrose, which is the major component of soluble solids (up to 88%
of the soluble solidmass fraction), while the remaining part is made
of glucose, fructose, salts and other organic compounds [17]. The
conversion of the sugar-cane into the two desired products consists
in a sequence of physical and chemical operations which occur in
seven basic subsystems (Fig. 1).
2.2. Juice extraction and treatment
The sugar-cane is ﬁrst chopped by knives and then smashed in
a set of mills inwhichwater is added in order to dissolve the soluble
solids and extract them from the original ﬁbrous structure of the
cane. These operations are carried out in the extraction subsystem
(subsystem 1). At this point, the juice stream is split into two parts,ETHANOL 
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Table 1
Base case data for the sugar-cane process.
Subsystem Inputs Outputs
1- Extraction Sugar cane (138.9 kg/s) Raw juice at 35 C
(141.7 kg/s)
Washing water (740.3 kg/s) Bagasse (38.9 kg/s)
Imbibition water (41.7 kg/s)
Electricity (1250 kW)
Mechanical power for mills
(8000 kW)
2 - Juice treatment
(sugar)
Juice (98.82 kg/s)a Treated juice at 97 C
(103.5 kg/s)
Lime (0.11 kg/s) Vapor at 97 C (1.44 kg/s)
Sulphur (0.06 kg/s) Vapor at 73 C (0.21 kg/s)
Water lime (2.24 kg/s) Cake (3.39 kg/s)
Bagacillo (0.48 kg/s)
Filter water (6.78 kg/s)
Electricity (701 kW)
3- Juice treatment
(ethanol)
Juice (42.86 kg/s) a Treated juice at 97 C
(44.84 kg/s)
Lime (0.05 kg/s) Vapor at 97 C (0.63 kg/s)
Bagacillo (0.21 kg/s) Vapor at 73 C (0.09 kg/s)
Filter water (2.94 kg/s)
Water lime (0.97 kg/s) Cake (1.47 kg/s)
Electricity (304 kg/s)
4 - Multi-effect
evap.
Juice (103.4 kg/s) Vapor 1st effect
(42.34 kg/s)
Electricity (849 kW) Vapor 2nd effect
(8.50 kg/s)
Vapor 3rd effect
(9.25 kg/s)
Vapor 4th effect
(9.62 kg/s)
Vapor 5th effect
(10.67 kg/s)
Syrup at Brix 65
(22.97 kg/s)
5 - Boiling,
centrifuges
and drying
Syrup (21.08 kg/s)b Molasses (5.83 kg/s)
Electricity (3321 kW) White sugar (9.21 kg/s)
Water (3.48 kg/s) Other sub-products
(2.56 kg/s)
6 - Fermentor Treated juice (44.84 kg/s) Wine at 6.8 %ethanol
(61.68 kg/s)
Syrup (1.84 kg/s) b CO2 (4.01 kg/s)
Molasses (5.83 kg/s)
Other chemicals and water
(13.18 kg/s)
Electricity (352 kW)
7 - Ethanol
distillation
Wine (61.68 kg/s) Anhydrous ethanol
(4.186 kg/s)
Electricity (388 kW) Sub-products (57.50 kg/s)
a extracted juice split ratio is adjusted in order to comply with a sugar to ethanol
production ratio of 2.20.
b syrup split ratio is adjusted in order to obtain a 17.6% by mass sucrose
concentration at the inlet of subsystem 6.
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sugar production chain. Actually, as it will be shown in the
following sections, a number of streams departing from the sugar
production subsystems are diverted to the ethanol production
subsystems in order to obtain the desired solid and sucrose
concentrations for the conversion of sucrose into ethanol.
At the outlet of the extraction, juice with high water content and
a 10e15% mass fraction of solids is obtained and then sent to the
juice treatment section. The juice extracted from biomass, in fact,
still has a quite high content of undesired organic compounds and
has to be puriﬁed. In this process, the undesired “sugar inversion”
reaction (i.e. the hydrolysis of sweeter sucrose into fructose and
glucose) may occur and so, in order to inhibit it, the juice is heated
up almost to the boiling point at 115 C and then is properly treated
with chemicals (lime and sulfuric acid) in a clariﬁer. As a conse-
quence, some inorganic material precipates and is eventually
conveyed to a ﬁlter and washed. The ﬁlter cake is discarded and
part of the water is recycled upstream the clariﬁer. Since Sulphur
is not desired for ethanol production, the juice for sugar and
ethanol production is treated in two different subsystems (2 and 3).
2.3. Juice evaporation and sugar crystallization
Sugar production mainly consists in sucrose extraction and
crystallization. The juice coming from the clariﬁcation process,
which has usually a low sucrose content (around 10e16%, “thin”
juice), is concentrated in the evaporator in amulti-effect evaporator
(subsystem 4) up to the saturation concentration (sucrose mass
fraction equal to 62e69%, “thick” juice). If multiple shell evapora-
tors were used, an independent hot stream would be required
for each shell and, in addition, the vapor phase of each evaporation
unit (basically made of water and low-boiling substances from the
juice) would be simply extracted, condensed and sent to the
sewage treatment. Multi-effect evaporators are typically employed
in food and pulp-and-paper industry, where the evaporation of the
water of the raw material is an energy intensive procedure. Evap-
orator units (or effects) are usually of the Robert calandria type. In
the ﬁrst effect the juice is heated by a steam ﬂow, which then
condenses and exits from the bottom of the evaporator (this results
in a stream of pure condensed water to be recycled to the steam
boiler). On the juice side, the vapor phase exits the unit on the top
and is used as a heat source for the second effect, following the
design principle of a cascade of evaporation effects. In the case of
co-current multi-effect evaporator, the juice is evaporated at
progressively lower pressure levels which correspond to lower
steam saturation temperatures as well. In so doing the heat of the
vapor phase from an upstream evaporation unit can be exploited as
a heating source for the downstream unit. Usually, the last effect
operates at 0.1e0.2 bar, while the temperature of the liquor
decreases from 130 C (ﬁrst effect) to 90 C (last effect) [17].
The juice is then crystallized (subsystem 5) by evaporating
crystallization, cooling crystallization and centrifugation. The by-
productof theseprocesses are themolasses (solid content¼85e89%
by mass, sugar mass fraction ¼ 50e60%, non-sugar mass
fraction ¼ 32e40%), which are recycled to the syrup mixer just
before the fermentation stage. The thick juice is heated in pans up to
the evaporation temperature at 0.2e0.3 bar (65e80 C) till meta-
stable crystallization conditions are reached. Crystallization is
promoted by seeding some microcrystals, and is prolonged until
crystals grow to the desired size. At the end of the process, centri-
fuges are used to separate the crystallized sugar from the molasses.
Up to 85% of the white sugar is produced by evaporating crystalli-
zation and centrifugation processes. The remaining syrup can still
be used for the production of additional white sugar by means of
cooling crystallization, inwhich sugar solubility inwater is loweredby reducing the temperature of the solution from65 to 35 C. Finally,
surfacewater contentmustbe reducedup to0.03e0.05%with anair-
drier [17].2.4. Fermentation and ethanol distillation
Ethanol is produced by yeast fermentation of sucrose
(subsystem 6). In the fermenting process the sucrose in the syrup
undergoes the biochemical transformations that convert sugar into
ethanol, CO2 and other organic substances and alcohols. The reac-
tion is exothermic and needs cooling to maintain fermenting
conditions. Yeasts are added to the substrate along with some
nutrients (minerals) that are useful for yeast growth. The optimal
concentration of sucrose depends on process type and is typically
between 10 and 20% by mass in water. Ethanol inhibits yeast
growth so the content of produced ethanol has to be lower than
15e20% by volume in the fermentor. The optimal fermentation
M. Morandin et al. / Energy 36 (2011) 3675e36903678temperature is in the range between 28 and 50 C and depends on
the type of yeast.
Ethanol is then distilled (subsystem 7) from the liquor near its
azeotropic point to obtain hydrous ethanol (95% ethanol by
volume). Further dehydration is necessary when anhydrous
ethanol is the desired product. This is nowadays done by means of
tertiary azeotropic distillation (adding cycle-hexane) or molecular
sieves. However, only hydrous ethanol is produced in the system
considered in this paper.
3. Sugar-cane process modeling
In this section the concepts formodeling the basic subsystems in
Fig. 1 are discussed. The system is modeled in the MATLAB/Simu-
link environment, where system components are represented by
high level blocks (which can be seen as transfer functions) and the
input and output signals connecting them are vectors that contain
all the physical, thermodynamic and chemical quantities of the
mass and energy streams. The mass fraction of solid content in the
juice (brix b) and the mass fraction of pure sucrose in the solid
content (purity) are the two parameters used to characterize the
sugar-water solution. Thermodynamics properties of the sugar-
water solution are estimated using the equations in [19].
3.1. The sugar-cane process: base case design
The main assumptions used to model the processes for the
conversion of sugar-cane into white sugar and ethanol are taken
from previous works [13,14,20], which are based on data reconcil-
iation about an existing plant. The mass ﬂow rate of the input
sugar-cane stream is 138.9 kg/s (¼500 t/h), its sucrose and bagasse
contents being 14% and 28% by mass, respectively (purity is 86%).
Sugar and ethanol production rates are ﬁxed in the base case
scenario to 9.21 and 4.19 kg/s, respectively. In the following sections
two other scenarios with different sugar and ethanol productionTable 2
Thermal streams in the process (base case data).
Subsystem Hot streams
Tin Tout Q [kW
1 - 50 C (323 K) 25 C (298 K) 72
50 C (323 K) 25 C (298 K) 580
2 - 98 C (371 K) 98 C (371 K) 326
98 C (371 K) 25 C (298 K) 43
73 C (346 K) 73 C (346 K) 47
73 C (346 K) 25 C (298 K) 4
3- 98 C 371 K) 98 C (371 K) 141
98 C (371 K) 25 C (298 K) 18
73 C (346 K) 73 C (346 K) 20
73 C (346 K) 25 C (298 K) 1
4 - 115 C (388 K) 115 C (388 K) 9400
115 C (388 K) 25 C (298 K) 1584
108 C (381 K) 108 C (381 K) 1927
108 C (381 K) 25 C (298 K) 293
98 C (371 K) 98 C (371 K) 2098
98 C (371 K) 25 C (298 K) 277
84 C (357 K) 84 C (357 K) 2220
84 C (357 K) 25 C (298 K) 228
58 C (331 K) 58 C (331 K) 2541
58 C (331 K) 25 C (298 K) 129
5 - 71 C (344 K) 71 C (344 K) 2074
71 C (344 K) 25 C (298 K) 119
70 C (343 K) 25 C (298 K) 14
70 C (343 K) 70 C (343 K) 258
6 - 93 C (366 K) 28 C (301 K) 1254
28 C (301 K) 28 C (301 K) 472
7 - 68 C (341 K) 68 C (341 K) 61
78 C (351 K) 35 C (308 K) 53
68 C (341 K) 68 C (341 K) 821rates are considered by adjusting the splitting and mixing fractions
of juice and syrup. Material and energy streams of the base case
scenario are summarized in Table 1, and the list of hot and cold
streams is presented in Table 2. The analysis of theMER condition in
the base case is presented in Fig. 2, which shows the hot and cold
composite curves and grand composite curve. The MER hot utility
requirement of the base case scenario is 101660 kW. It is worth
mentioning that when different sugar to ethanol production rates
are considered in the other two scenarios addressed later, the
values reported in Tables 1 and 2 are varied proportionally to the
new juice and syrup mass ﬂow rates for all the subsystems except
for the multi-effect evaporator, which is in fact subject to synthesis
and design optimization. In this subsystem, the energy and mass
balances in each effect depend on the pressure level and outlet
juice solid concentration (which are decision variables in the
optimization), and are therefore evaluated by an appropriate
thermodynamic model, which is presented in details in Section 3.2.
The variable(s) affecting system mass balances can be deter-
mined by following the paths of juice, syrup and molasses in Fig. 1.
The fermenting process needs three main input streams in order to
satisfy some speciﬁc operating conditions for enhancing the
sucrose to ethanol conversion by yeast addition. In particular, the
sucrose concentration at fermentor inlet is set to 17.6% by mass, so
that some concentrated juice (syrup) has to be added to the treated
juice (sucrose concentration 15%) to reach the desired concentra-
tion. Moreover, the molasses obtained as a sub-product in
subsystem 5 are recycled to fermentor inlet in order to convert part
of their sucrose content into ethanol. Since molasses production
depends on the juice mass ﬂow rate feeding subsystem 5, the sugar
and ethanol production rates are governed by the splitting fractions
of juice at the extraction outlet and by the splitting fractions of
syrup at the evaporator outlet. However, the concentration
requirement at fermentor inlet (17.6%) imposes a constraint that
eliminates one degree of freedom, so that the choice of the splitting
ratio at only one split (either juice split or syrup split, see Fig. 1)Cold streams
] Tin Tout Q [kW]
6
5
3 39 C (312 K) 105 C (378 K) 28704
4
8
1
9 39 C (312 K) 105 C (378 K) 12446
9
8
8
2 115 C (388 K) 115 C (388 K) 101220
0 108 C (381 K) 108 C (381 K) 17492
1 98 C (371 K) 98 C (371 K) 19101
3 84 C (357 K) 84 C (357 K) 19976
3 58 C (331 K) 58 C (331 K) 22433
3
0
7
5
3
2 71 C (344 K) 71 C (344 K) 21371
6 70 C (343 K) 70 C (343 K) 2969
6 128 C (401 K) 128 C (401 K) 441
9
9
3
4 78 C (351 K) 78 C (351 K) 21212
1 78 C (351 K) 78 C (351 K) 13021
9
Fig. 2. Base case hot and cold composite curves (left diagram) and grand composite curve (right diagram).
M. Morandin et al. / Energy 36 (2011) 3675e3690 3679is sufﬁcient to closing system mass balances. This also means
that sugar and ethanol production rates cannot assume indepen-
dent values, but ethanol production may range from 3.29 kg/s to
8.52 kg/s as sugar production ranges from 11.10 kg/s to 0 kg/s.3.2. Multi-effect evaporator model
The multi-effect evaporator consists of a cascade of units
(effects) in which the juice is progressively concentrated up to 65%
by mass of solid content. There are different possible ﬂow conﬁg-
urations of vapor (hot side) and juice (cold side) streams. In the
conﬁguration considered in this analysis the two streams ﬂow in
the same direction from lower to higher concentrations. A zero-
dimensional steady state model of a single effect is provided by
equations (1), (2) and (3), in which the energy and mass balances
are expressed as a function of the effect operating pressure (pi) and
of the increase in solid content concentration (bJ,i-bJ,i-1) across the
effect (see Fig. 3):
_Mvo;i ¼ _MJ;i,

bJ;i=bJ;i1  1

(1)
Tvo;i ¼ TJ;i ¼ TsatðpiÞ þ dTevap (2)
_Mvo;i,hvo;i þ _MJ;i,hJ;i ¼ _MJ;i1,hJ;i1 þ Qþi (3)
Equation (1) is used to evaluate the water mass ﬂow rate
evaporating in the i-th effect in order to reach the desired solid
concentration bJ,i. The vapor and the concentrated juice exiting the
cold side of each unit (Vo,i and J,i, respectively) are assumed to have
the same temperature (Equation (2)), which is equal to steami
J,i-1 J,i 
Vo,i 
Q+i
Fig. 3. Mass and energy streams in a unit of the multi-effect evaporator model.saturation temperature at the operating pressure pi of the effect
plus the difference in evaporation temperature dTevap between juice
and pure water due to the solid content of the solution. The energy
balance in Equation (3) is used to evaluate the heat requirement Qþi
of the effect. Equation (4) provides a polynomial expression for
evaluating dTevap as a function of the only solid content at effect
outlet (it overestimates dTevap if compared to the expression found
in [21], which takes into account the dependency on effect oper-
ating pressure as well):
dTevap ¼ 3:7,bJ;i  5:8,b2J;i þ 18,b3J;i (4)
The multi-effect evaporator model is particularly critical
because different conﬁgurations are explored in following sections
by varying the number of units, the concentration levels at the
outlet of each effect and the pressure levels of each unit. In fact,
most of the heat required by the entire process is used in this
subsystem. In counter-current multi-effect evaporators, the heat
required by the ﬁrst unit is usually provided by the steam produced
in a boiler and, in general, a higher number of units increases the
potential for heat integration among the units and results in a lower
heat requirement of the ﬁrst unit [15]. However, this rule of thumb
may not valid when total site heat integration is considered,
because the optimal number of units and the optimal operating
parameters of the multi-effect evaporator depend on the oppor-
tunities for heat integration with all the other system thermal
streams. Indeed, this methodology allows to explore all the possible
uses of the heat carried by the hot vapor streams (not only in the
multi-effect evaporator, but also in the other subsystems) subject to
the constraint of heat transfer feasibility.
Three multi-effect evaporator conﬁgurations, with three, ﬁve
and seven units, are considered as design alternatives in the opti-
mization problems deﬁned in following sections, and the choice
among them is governed by an integer variable. Each unit generates
three thermal streams to be added to the whole set of thermal
streams to be integrated: a cold thermal stream associated with the
juice boiling Qþi within the evaporation unit and two hot thermal
streams related to condensation and cooling of the steam exiting
the unit (a similar modeling approach has been considered in
another work [22]). Some operating parameters of the multi-effect
evaporator are instead ﬁxed in the analysis:
- The temperature level of the ﬁrst unit: 105 C;
- The syrup solid content at multi-effect evaporator outlet: 65%
by mass;
- The minimum operating pressure of the last unit: 0.2 bar.
M. Morandin et al. / Energy 36 (2011) 3675e369036804. Minimum hot utility requirement of the sugar-cane
conversion process
This section presents the results of the minimization of the
process hot utility requirement for three pairs of values of sugar
and ethanol production rates. The set of the hot and cold streams
of the sugar-cane process only, which are listed in Fig. 4 using
the conventional black-box representation, are integrated for
a given minimum temperature difference without assuming a pre-
deﬁned heat exchanger network conﬁguration. Fig. 4 also shows
a ﬂow-chart about the overall optimization procedure in which the
heat integration step is included. The minimum process heat
requirement is evaluated as the result of a linear programming
problem since, according to Pinch Analysis rules, the heat transfer
feasibility of the thermal cascade can be expressed as a set of linear
inequality constraints (no cumulated heat deﬁcit load at any
temperature level of the thermal cascade). This evaluation clearly
depends on the values assigned to the intensive quantities
belonging to the decision variable set, which usually have a strongly
non-linear relationship with the optimization objective function.
Accordingly, the optimization procedure consists of two nested
levels: at the outer level the intensive parameters (pressures and
temperatures of the multi-effect evaporator) are optimized by an
evolutionary algorithm, while at the inner level the hot utility mass
ﬂow rate is minimized by linear programming. Although evolu-
tionary algorithms are particularly time consuming compared toFig. 4. Algorithm used for the calculations and hother optimization strategies, they better deal with discontinuous
search spaces, in particular when integer variables are involved.
Most of the problems related to the heat integration of a complex
set of thermal streams feature this kind of search space, the optimal
solution being likely to activate one or more constraints of the heat
integration problem (typically one or more pinch points).
Process analysis and optimization are carried out using a set of
numerical tools developed at LENI. An interface platform (OSMOSE
[23]) recalls process parameters from Simulink, organizes the
information and provides the required data to the heat integration
software (EASY), which analyzes the heat cascade and evaluates
the minimum hot utility consumption. The evolutionary optimi-
zation is carried out in the Matlab environment using the MOO
algorithm code [24].
The optimization problem is set as follows:
min f ðxÞ (6)
(f returns the MER hot utility requirement of the sugar-cane
process)
with respect to the set of the following decision variables x:
- nUNIT, an integer variable (nUNIT˛{3,5,7}) indicating the number
of units in the multi-effect evaporator conﬁguration;
- Dbi, the increments of solid content concentration in the i-th
evaporation unit (they are nUNIT-1 variables, since the solid
concentration at the last unit is set to 65%); if nUNIT ¼ 3:eat integration problem (OSMOSE platform).
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Db3˛[5,14], Db4˛[6,15]; if nUNIT ¼ 7: Db1˛[2,7], Db2˛[2,7],
Db3˛[2,8], Db4˛[2,9], Db5˛[2,10], Db6˛[2,10]. These variables
directly affect the heat loads required by the effects.
- DTi,iþ1, the temperaturedifferencesbetween the i-thandthe iþ1-
th evaporation units (they are nUNIT-1 variables, since the ﬁrst
unit is considered to operate at 105 C);DTi,iþ1˛[-10;-5]C. These
variables directly affect the operating pressures of the effects.
The minimum allowable temperature difference DTmin for heat
transfer feasibility is set equal to 4 C.
The optimal grand composite curves for the three cases with
different sugar and ethanol production rates are shown in Figs. 5
and 6, and 7. The minimum heat demand with base case sugar
and ethanol production rates is reduced by 39%, from 101660 kW
(base case in Fig. 2) to 62378 kW (case 1 in Fig. 5). This can be
justiﬁed by two main reasons. Comparing Figs. 2 and 5, it is
apparent that the distribution of the heat loads among the units of
the multi-effect evaporator is signiﬁcantly different. The base case
GCC in Fig. 2 shows that the heat load of the ﬁrst unit is equal to the
whole process heat requirement and much greater than those of
the other four units. This means that in the ﬁrst unit a high incre-
ment of solid content concentration is achieved (Db1 ¼ 9.9) and
a high steam mass ﬂow rate is separated from the juice. The large
excess of steam made available in this way is then used in the base
case design to heat all the other cold streams of the process, while
the steam generated in the other units is mainly used for a local
heat integrationwithin the multi-effect evaporator subsystem. This
design choice should reduce the number of stream matches in the
heat exchangers networks. On the contrary, the optimal GCC in
Fig. 5 shows that the heat load of the ﬁrst unit is much lower (Db1 is
only 2) and comparable with those of the other four units. This is
because all the streams of the multi-effect evaporator subsystem
are now fully integrated with the other thermal stream of the
process at system level. The other signiﬁcant difference is that the
operating pressures of the units are higher than those in the base
case design (i.e. the optimal temperature differences between
subsequent evaporation effects are lower). In Fig. 5 the optimal
temperature of the last effect is higher than that of the crystalli-
zation subsystem and this allows all the heat of evaporation in the
heat cascade to be exploited.
Figs. 5 to 7 also show that the process pinch point moves from
the temperature level of the ﬁrst evaporation unit (105 C¼378 K)
in the base case conﬁguration (Fig. 3), down to the temperature
level of the crystallization process (71 C¼344 K) in all the three
optimized conﬁgurations. Although parts of the GCC are modiﬁed
depending on the sugar and ethanol production rates, the heat
demand for distillation (i.e. ethanol production) is the most
signiﬁcant quantity affecting process energy requirement in all the
three cases.
It is worth noting that because of the optimal location of the
pinch point there are actually many multi-effect evaporator
conﬁgurations that can be regarded as optimal according to the
chosen thermodynamic objective. In fact, if the temperature levels
of the thermal streams associated with the multi-effect evaporator
are all above the pinch point, the MER hot utility can be minimized
in several different ways by adjusting the number of effects and
their heat loads (through Dbi) and operating pressures (through
DTi,iþ1). Solutions with 5 and 7 effects other than those reported
in Figs. 5 to 7 are possible, but are not presented here for sake of
brevity. Although increasing the number of effects from 5 to 7 does
not clearly provide any economical beneﬁt, the convenience of
choosing different values for the other parameters could be
assessed only by an economic analysis, which is beyond the scope
of this paper.5. Maximum net electricity generation in a combined sugar,
ethanol and electricity production plant
In this Section the thermal integration of a bagasse fuelled CHP
system with the sugar-cane conversion process is analyzed to
assess the resulting total site net power generation potential. The
use of bagasse, which is the main process sub-product, as an energy
source is being extensively studied in sugar-cane industry. In fact,
the chemical energy rate available from the combustion of all the
bagasse extracted from the input sugar-cane stream is far greater
than the process heat and power demand, so that the considerably
large excess of the electricity produced can be sold to the market,
thereby increasing the proﬁtable use of the raw cane. In particular,
combustion or gasiﬁcation are the common ways of recycling this
sub-product after a drying process [25e27], although methanation
or additional ethanol production via enzymatic hydrolysis are new
promising alternatives. The improvement of ethanol production
from bagasse is under investigation [28e30]. The integration of
ethanol production and bagasse conversion processes has been
studied in [31] and features the conversion of bagasse into natural
gas instead of electricity.
An optimization problem of different nature is addressed in this
section. The objective to be maximized is now total site net power
production (i.e. the power generated by the CHP system minus the
power requirement of the sugar-cane conversion process) consid-
ering the thermal streams of the process and those of the CHP
system as awhole set of streams to be integrated (Fig. 8). The results
in Section 4, in which heat integration was limited to the thermal
streams of the process only, have already provided a general indi-
cation about the heat load that the CHP system should supply to the
process. Nevertheless the several near-optimal solutions that were
found to minimize process hot utility requirement are no longer
equivalent in this new optimization problem, since the potential for
total site net power production depends not only on the amount of
heat cascaded through thewhole set of thermal streams, but also on
the temperature level at which the excess heat is available for
power generation. Decision variables are the process synthesis and
design parameters that were already considered in Section 4 with
the addition of the design parameters of the CHP system.
In Sections 5.1 and 5.2 two different CHP concepts are consid-
ered: a bagasse fuelled steam boiler with a steam cycle and
a bagasse integrated gasiﬁcation combined cycle, respectively. The
ﬁrst CHP conﬁguration refers to the conventional choice in which
direct combustion of the bagasse provides heat for steam genera-
tion. In the second conﬁguration the bagasse is gasiﬁed and then
the obtained syngas is used to fuel a gas turbine, while the heat
from different hot sources (mainly gas turbine exhaust gases and
syngas cleaning section) is used to produce steam for a bottoming
cycle. In both conﬁgurations steam extraction from the steam
turbine is considered, in order to covering the heat requirement of
the sugar-cane conversion process with the steam drawn off at an
intermediate stage, which separates the high pressure turbine
section from the low pressure one. The remaining part of the steam
is expanded to a lower pressure level and condensed either by
providing additional heat to the process (at a lower temperature
level than the ﬁrst steam draw-off) or by a cold utility. The option of
using vapor recompression to increase the fraction of combustion
heat used for power generation is also discussed in Section 5.3.
As in Section 4, a two-level hybrid optimization strategy is
used to solve the synthesis and parameter optimization problem
(see Fig. 9). According to this strategy the decision variables are
separated into two sets which are optimized in the two nested
optimization steps, using a genetic algorithm for the outer opti-
mization and linear programming for the inner optimization. The
ﬁrst set comprises the variables associatedwith intensive structural
Fig. 5. Case 1 grand composite curve (ethanol: 4.19 kg/s; sugar: 9.21 kg/s).
Fig. 6. Case 2 grand composite curve (ethanol: 5.79 kg/s; sugar: 5.79 kg/s).
Fig. 7. Case 3 grand composite curve (ethanol: 6.90 kg/s; sugar: 3.43 kg/s).
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Fig. 8. Schematic representation of hot and cold ﬂows in the sugar-cane conversion process and CHP systems.
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second set of decision variables includes all the mass ﬂow rates
of the steam Rankine cycle of the CHP system. In this inner step,
the steam mass ﬂow rates are optimized for given “frozen” values
assigned to the variables belonging to the ﬁrst set (outer optimi-
zation step), the objective function (net power production) being
a linear function of the steammass ﬂow rates only. The heat transfer
feasibility constraint related to the whole set of thermal streams
(process plus CHP system thermal streams) is imposed by means of
a number of inequality constraints that are linear in the steammass
ﬂow rates as well, according to Pinch Analysis rules (no cumulated
heat deﬁcit load at any temperature level of the thermal cascade).
This allows the inner optimization level to be handled by a linear
programming algorithm, whereas the outer level is managed by an
evolutionary algorithm. This two-level strategy also avoids the
fruitless evaluation of a high number of solutions featuring unfea-
sible combinations of steam mass ﬂow rate values.
Process analysis and optimization are performed by the same
numerical tools developed at LENI already used in Section 4. The
communication platform OSMOSE interfaces the Simulink model
of the system, the outer level evolutionary algorithm (MOO) and
the heat integration software (EASY). In this case, EASY is used to
evaluate the optimal steammass ﬂow rates that maximize total site
net power production. In fact, this software embeds linear models
of steam networks and refrigeration cycles which allow a fast
evaluation of their mass balances with little errors compared to
more rigorous non-linear models [32,33].
5.1. Bagasse combustion in steam cycle boiler
The CHP conﬁguration analyzed in this section uses bagasse
combustion to generate the steam driving a steam turbine with
one extraction.As shown in Figs. 1 and 8, bagasse is removed from the cane
during the juice extraction process. According to the data found in
[14], 28% by mass of the raw cane is bagasse with 50% moisture
content. The average dry-based composition of bagasse is C (47%),
H (6.5%), O (44%), ash (2.5%) [15]. The higher heating value of
bagasse used in the calculation is 19137 kJ/kg dry basis, and
corresponds to a lower heating value of 7646 kJ/kg at 50% mass
basis humidity according to the empirical correlation found in [34].
The thermal power available from the combustion of the bagasse
mass ﬂow rate discarded from the sugar-cane conversion process
is therefore of 297450 kW (based on LHV at 50% humidity).
A drying process is however required before combustion
because of the high water content. Even though it is possible to
use combustion gases as the drying agent, a rotary kiln air drier is
considered here. This allows bagasse drying and bagasse combus-
tion to be modeled as independent subsystems, which otherwise
would share a material stream. This enhances simulation conver-
gence and provides at the same time a good estimation of the
net heat load available from bagasse drying and combustion.
Two thermal streams are generated within the bagasse drying
subsystem: a cold stream related to environmental air heating up to
200 C before entering the drying process and the hot stream of the
exhaust air at the drier outlet that can be cooled down to the
environmental temperature for heat recovery (see Table 3). Bagasse
is dried from 50% to 25% moisture content, then it is sent to the
boiler where is burnt with 0.3 air excess. Bagasse combustion
results in 171 kg/s of combustion ﬂue gases with an average speciﬁc
heat of 1.14 kJ/kg-K and the followingmass fractions: 65.4% N2, 4.6%
O2, 10.4% H2O and 19.6% CO2 (33.52 kg/s). The combustion gases
heat proﬁle is split into two parts: heat is considered to be trans-
ferred by radiation above 1000 C and by convection under the
same temperature, that so the thermal proﬁle of the combustion
gases is divided into two parts: an horizontal thermal stream for
Fig. 9. Algorithm used for the calculations and heat integration problem (OSMOSE platform).
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1000 C down to 170 C) for the convective part (see Table 3).
Steam is generated at 100 bar and superheated up to 527 C.
Extraction pressure (1.92 bar) is conveniently chosen at the
temperature level of the saturated steam that supplies heat to
the ﬁrst effect of the evaporator subsystem (105 C), which is also
the highest temperature level at which heat is required by the
sugar-cane process. Steam turbine discharge pressure is a decision
variable (included in the ﬁrst optimization level) and is determined
as a result of the optimization procedure. In fact, it is not clear if
expanding to the cold utility level is more convenient than
expanding to an intermediate level in order to heat-up other parts
of the process at temperatures below than that of the ﬁrst evapo-
ration effect. Accordingly, the second part of the expansion may
occur either in a conventional condensing turbine or in a back-
pressure turbine. The lower bound to discharge pressure is set to
0.1 bar to ensure a sound approach temperature in the cooling
tower, assuming that cooling water at 30 C can be heated up toTable 3
Thermal streams of the drying and combustion section.
Subsystem Hot streams Cold streams
Tin [K] Tout [K] Q [kW] Tin [K] Tout [K] Q [kW]
Air-drier 343 298 39190 309 473 43440
Combustion 1273 1273 152080
1273 443 16272035 C. Steam turbine isentropic efﬁciencies are set to 0.78 for both
the high pressure and low pressure sections.
The optimization problem is set as follows:
max f ðxÞ (7)
(f returns the total site net power production)
where (x) is the vector including the following decision variables:
- nUNIT, an integer variable (nUNIT˛{3,5,7}) indicating the number
of units in the multi-effect evaporator conﬁguration;
- Dbi, the increments of solid content concentration in the i-th
evaporation unit (they are nUNIT-1 variables, since the solid
concentration at the last unit is set to 65%); if nUNIT ¼ 3:
Db1˛[2,20], Db2˛[7,30]; if nUNIT ¼ 5: Db1˛[2,10], Db2˛[4,12],
Db3˛[5,14], Db4˛[6,15]; if nUNIT ¼ 7: Db1˛[2,7], Db2˛[2,7],
Db3˛[2,8], Db4˛[2,9], Db5˛[2,10], Db6˛[2,10].
- DTi,iþ1, the temperature differences between the i-th and the
iþ1-th evaporation units (they are nUNIT-1 variables, since the
ﬁrst unit is considered to operate at 105 C); DTi,iþ1˛[-10;-5]C.
- pout: steam turbine discharge pressure; pout ˛[0.1; 1.92] bar.
- _mj: steam mass ﬂow rates (optimized by the inner linear
programming algorithm).
Optimization results are shown given in Figs. 10, 11 and 12 for
the considered three pairs of sugar and ethanol production rates
(Fig. 10 refers to the base case one). Total site heat integration is
Fig. 11. Case 2: integrated grand composite curve with CHP system 1 (ethanol: 5.79 kg/s; sugar: 5.79 kg/s).
Fig. 12. Case 3: integrated grand composite curve with CHP system 1 (ethanol: 6.90 kg/s; sugar: 3.43 kg/s).
Fig. 10. Case 1: integrated grand composite curve with CHP system 1 (ethanol: 4.19 kg/s; sugar: 9.21 kg/s).
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curves, which highlight by different colors the contributions of
separate subsets of thermal streams to the total site heat cascade. In
Figs. 10, 11 and 12 the steam cycle thermal proﬁles are shown in
blue while all the other thermal streams (bagasse drying,
combustion and process thermal streams) are shown in red.
Maximum power generation was obtained when steam turbine
discharge pressure reaches its lower bound (0.1 bar), and the utility
pinch point (the point of the thermal cascade where the process
thermal streams are atminimum temperature differencewith those
of the steam cycle) is at crystallization temperature level
(71 C¼344 K), the same of the process pinch point found in the
previous optimization (cases in Figs. 5, 6 and 7). Apparently,
expanding to the lowest steam discharge pressure (which is
equivalent to maximizing steam cycle thermal efﬁciency) is more
convenient in order to maximize the chosen thermodynamic
objective function. On the contrary, only sub-optimal solutions are
obtained if the expansion is halted at an intermediate pressure level
in order to exploit one of the so-called heat pockets in the process
heat cascade. A heat pocket is a temperature interval inwhichheat is
made available mostly in the upper part of the interval and
requested mostly in the lower part of the interval, so that a direct
thermodynamic cycle can proﬁtably operate within it (see the red
curve in Fig. 13). The only way to better exploit an heat pocket in
the cascade is to add a steam extraction from the turbine (supplying
heat to the lower part of the pocket) and to preheat the feedwater
between different pressure levels with some heat from the process
(drainingheat from theupper part of the pocket), for instancepart of
the heat made available by the steam from the evaporation effects.
In the integrated grand composite curve representation this
would be shown by a “triangular” shape of the red curve, resulting
from the composition of thermal proﬁles of the evaporation effects,
that perfectly accommodates the oblique line of the blue curve,
corresponding to water heating, as in Fig. 13. Although such
a design solution may increase power generation, it is also likely to
dramatically increase the complexity of the heat exchanger network
required to achieve such tight total site heat integration. Thus, the
solutions presented in Figs. 10, 11 and 12 should be more viable and
proﬁtable than possible more complex and thermodynamically
efﬁcient solutions featuring more than one steam extraction.
The optimal solutions obtained with just one steam extraction
also show that a reduction of the evaporator heat demand obtained
by increasing the number of effects may be pointless, because the
heat cascade in the multi-effect evaporator does not affect theFig. 13. A steam network exploiting the heat pocket generated by the multi-effect
evaporator.thermal integration between the CHP system and the process. For
this reason the optimal values of the multi-effect evaporator design
parameters found in Section 4 (i.e. those minimizing the process
MER) are found as well in the heat integration among the steam
cycle, the combustion gases and the sugar-cane conversion process.
Even with a larger multi-effect evaporator heat demand, the steam
extracted in the solutions presented in Figs. 10, 11 and 12 would be
still sufﬁcient to cover the process heat demand as long as all
the excess heat from the evaporation effects is cascaded down to
the crystallization temperature level.
When sugar and ethanol production rates are varied, the
mechanical power required by the process changes from 13300 to
15150 kW (the power consumption of the sugar-cane process is
mainly concentrated in the extraction subsystem and, therefore, is
only slightly affected by the change in the sugar and ethanol
production rates). As a result, only small variations in total site
power production (76.3 to 77.3 MW) are observed among the three
cases, since the amount of mechanical power obtained from
bagasse combustion is much higher than the mechanical power
required by the process. Total site net thermal efﬁciency is calcu-
lated as the ratio between total site net power and bagasse chem-
ical energy rate.
It is worth mentioning that a CHP system designed for the
combustion of all the bagasse extracted from the input sugar-cane
stream can easily represent the largest share of total site capital
costs. This leads to consider the scenario in which only the bagasse
required to cover the process hot utility demand is burnt and some
power is still produced. The optimization result for this scenario
is given in Fig. 14 for the base case values of sugar and ethanol
production rates. The optimal CHP system consists of a back-pres-
sure turbine with one extraction and no steam is condensed at the
cold utility level. Steam turbine discharge is now at a higher pres-
sure (0.47 bar) that corresponds to crystallization temperature
level. The combustion of only 30.2% of the input bagasse is sufﬁ-
cient in this case. The resulting steam cycle thermal efﬁciency is
25.12%, with a decrease of about 5 points with respect to the case in
which 100% of the input bagasse is burnt (Fig. 10e30.76% steam
cycle thermal efﬁciency). When only 30.2% of the input bagasse is
burnt, all the chemical energy rate of the bagasse is used for power
generation and for on-site heat recovery, while no heat of
combustion is rejected to the environment without being used in
the site. It is worth comparing this CHP casewith the use of a simple
boiler only, which would require only 21% of the input bagasse to
cover the whole process hot utility requirement.
5.2. Bagasse gasiﬁcation and syngas fueled combine cycle
The second CHP system conﬁguration investigated here is based
on an integrated gasiﬁcation combined cycle. Bagasse is gasiﬁed in
a fast internally circulated ﬂuidized bed gasiﬁer (FICFB) with steam
as oxidizing agent. Syngas is used to fuel a gas turbine, and its
exhaust ﬂue gases with some extra hot streams from the gasiﬁca-
tion section (mainly hot gas cleaning) are used to generate the
steam in a bottoming steam cycle, which in turn produces power
and provides the heat (bymeans of steam extraction) for the various
sugar-cane conversion subprocesses. The steam cycle structure
considered for this problem is the same of that in Section 5.1. The
structure and all the operating parameters of the gasiﬁcation, gas
cleaning and gas turbine sections are considered ﬁxed, while the
steam cycle parameters are optimized together with the multi-
effect evaporator structural and operating parameters following the
objective of maximum total site net power production.
Air drying, gasiﬁcation, gas cleaning and gas turbine aremodeled
in details in the BelSim VALI environment according to the data and
the modeling approach found in a recent work [35]. The bagasse is
Table 4
Thermal streams of the gasiﬁcation section.
Subsystem Hot streams Cold streams
Tin [K] Tout [K] Q [kW] Tin [K] Tout [K] Q [kW]
Air-dryer 343 298 39190 309 473 43440
Gasiﬁer 298 486 6222
(steam prod.) 486 486 14740
486 673 3441
Gas cleaning. 1123 773 13080
Char and gas comb.
(FICFB) ﬂue gases
718 443 6320
Exhaust gas GT 821 443 141130
Fig. 14. Case 1: integrated grand composite curve with CHP system 1 (combustion of 30.2% input bagasse only).
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high temperature (850 C) in presence of steam (0.4 steam
to biomass ratio). Bagasse gasiﬁcation is modeled as a black-box.
The thermodynamic equilibrium of three reactions (C(s) þ 2H2
4 CH4 methanation; C(s) þ CO24 2CO Boudouard; CO þ H2O4
CO2þH2water-gas shift) wasmodeled by specifying a temperature
departure from the gasiﬁer operating temperature for each reac-
tion. The typical composition of the FICFB gasiﬁer, reported in [36],
was obtained in [35] by adjusting the temperature departures of
the three reactions. In addition, the conversion of bagasse into
some other heavy compounds (TAR) is considered. Four TAR
compounds are speciﬁed at the gasiﬁer outlet in order to fairly
represent major species at a typical TAR mixture composition in
bagasse derived produced gas: Toluene (65% TAR), Naphthalene
(20% TAR), Phenol (10% TAR), Pyrene (5% TAR). In agreement with
the data found in [37] a total TAR yield of 5 g/Nm3 is imposed for
the ﬂuidized bed gasiﬁer. Steam to biomass ratio is ﬁxed at 0.2. The
gasiﬁer operating temperature is set at 850 C and steam temper-
ature at gasiﬁer inlet is set at 400 C. Char is burnt with a fraction of
the produced gas (7% of the total) in order to provide heat to the
gasiﬁcation process by heating the circulating bed material
according to the FICFB gasiﬁer design concept. According to the
values of the aforementioned parameters, a cold gas efﬁciency
(before gas processing) of 0.86 is obtained. The produced gas at
gasiﬁer outlet is a mixture of the following species: N2 (1.48% by
mass), CO2 (39.17), CO (3.97), H2O (38.16), CH4 (11.64), H2 (0.88),
Ethane (4.16), Toluene (0.35), Naphthalene (0.10), Phenol (0.05),
Pyrene (0.03).
Hot gas cleaning is used to purify the syngas before the gas
turbine. Since the TAR load in the produced gas is fairly low and the
gas at the gasiﬁer outlet is used to fuel a gas turbine, the gas
cleaning devices considered here are only a cyclone and a candle
ﬁlter. Themajor part of particles in the produced gas are considered
to be removed through the cyclone, then the gas is cooled down to
500 C and is sent to the ceramic ﬁlter in which alkali based TAR
condensate in a particle form and are mechanically removed.
Since the gas turbine operatewith syngas combustion at relative
high pressure, the syngas has to be pressurized to be injected in the
gas turbine burners and, therefore, pressurized gasiﬁcation and gas
cleaning is adopted here. Such advanced gasiﬁcation and gas
cleaning technologies allow to reach a better performance than the
majority of existing BIGCC plants, inwhich atmospheric gasiﬁcation
and cold gas cleaning are usually employed because of technical and
economical reasons. According to some studies reported in theliterature [38,39], the pressure of the ﬂuidized bed gasiﬁer for
a BIGCC system is set here at 20 bar as a reasonable value. This
variable could have been included in the decision variable set of the
optimization problem to search for the best thermal coupling
between the topping gas turbine cycle and the bottoming steam
cycle. However, a preliminary analysis of the heat integration
showed that both other streams of the gasiﬁcation section are hot
enough to deliver heat for steam superheating, and turbine exhaust
gas temperature (547 C) is still 20 C hotter than the superheated
steammaximumtemperature,which is set to527 Cas inSection5.1.
A 2% heat loss from the gasiﬁer and a 4% heat loss from the
cleaning chainwere considered. The auxiliary devices of the drying
and gasiﬁcation sections were assumed to require 3 MWof electric
power.
In summary, 38.9 kg/s of input bagasse are converted in 30.7 kg/s
of cleaned syngas with an LHV of 8384 kJ/kg entering the gas
turbine combustor at 500 C. A combustion efﬁciency of 0.98 is
considered. Compressor and turbine isentropic efﬁciencies are set
to 0.85. Turbine inlet temperature is set to 1150 C, resulting in
327 kg/s of exhaust gases at 547 C at the gas turbine outlet with
the following mass fractions: 8.45% CO2 (27.67 kg/s), 7.24% H2O,
69.71% N2, 14.59% O2.
All the heat streams of the gasiﬁcation, gas cleaning and gas
turbine, which in fact are ﬁxed in terms of temperatures and
thermal loads, are included in the overall heat integration problem.
In this way, all the possible solutions for heat integration between
the streams generated within the BIGCC system and the streams of
the sugar-cane conversion process are explored through the opti-
mization. A summary of thermal streams of the gasiﬁcation, gas
cleaning and gas turbine subsystems is shown in Table 4. In order to
explore different steam cycle conﬁgurations, steam production
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outlet pressure pout were optimized. Accordingly the optimization
problem is set as follows:
max f ðxÞ (8)
(f returns the total site net power production)
where (x) is the vector of the following outer level decision
variables:
- nUNIT, Dbi, DTi,iþ1, i.e. the same set of decision variables
considered in the previous optimization problems for the
multi-effect evaporator (see Sections 5 and 6.1);
- phigh, steam production pressure; phigh ˛[60; 120] bar;
- pextr, steam extraction pressure; pextr˛[2,20] bar;
- pout, steam turbine outlet pressure; pout˛[0.1; 2] bar;
- _mj: the steam mass ﬂow rates.
As in Section 5.1, the optimal value of the decision variable pout
indicates if a condensing turbine or a back-pressure turbine is more
convenient. In this case, contrary to the result obtained in Section
5.1, the back-pressure turbine option maximizes the power gener-
ation as shown in Fig. 15, where the integrated grand composite
curve of the steam bottoming cycle is shown against the remaining
total site thermal streams. The thermal efﬁciency of the optimal
integrated gasiﬁcation combined cycle conﬁguration is 45.5% (net
total site thermal efﬁciency is 39.4%), with an increase of 15 points
with respect to direct bagasse combustion (Fig. 10). It is worth
noting that, compared to case of a bagasse fuelled steam boiler,
the optimal pressure of steam extraction is now at a temperature
level higher than that of the ﬁrst evaporation effect (pextr ¼ 5.32 bar
instead of 1.92 bar). This can be justiﬁed by observing the heat
pocket created by the composition of the thermal proﬁles of the air-
drier and gas turbine exhaust gases in Fig. 15. In fact, if steam were
extracted at the temperature level of the ﬁrst evaporation effect,
the utility pinch point would be at that temperature level and the
mass ﬂow rates of the steam cycle would be reduced to fulﬁll this
constraint, so that the heat pocket would not be fully exploited.5.3. Other advanced features for increasing total site power
generation
Two more advanced conﬁgurations of total site heat and power
integration are analyzed in this section in order to explore possibleFig. 15. Case 1: integrated grand comfurther increases of total site net power generation. The ﬁrst refers
to the option of increasing the number of extractions in the steam
bottoming cycle of the BIGCC system, whereas the other refers to
the option of modifying the process heat cascade bymeans of a heat
pump operating across the process pinch point.
The idea of increasing the number of extractions from the steam
turbine is suggested directly by the optimal integrated grand
composite curve obtained in Section 5.2. It is apparent in Fig. 15
that some of the steam at 0.47 bar must be condensed by a cold
utility, since the overall heat produced by the CHP system is higher
than the total process heat requirement. Thus, it is possible to
prolong the expansion of the excess steam to be condensed down
to 0.1 bar (the lower bound for turbine discharge pressure
considered in the previous cases). In addition, an important exergy
loss is due to the signiﬁcant temperature difference between the
steam extracted at 5.32 bar and the temperature level of the ﬁrst
evaporation effect. However, the result of the previous optimization
show that this exergy loss is still counterbalanced in terms total site
net power generation by the greater steam mass ﬂow rate that can
be generated by exploiting the whole heat pocket (in Fig. 15 three
temperature levels are at or near to the pinch point condition as
water is preheated between 5.32 and 101 bar). The aforementioned
exergy loss can be avoided if an additional steam extraction is
introduced at the level of the ﬁrst evaporation effect (1.92 bar).
Accordingly, the proposed steam bottoming cycle conﬁguration
consists of a condensing turbine with three steam extractions
(5.32 bar, 1.92 bar and 0.47 bar) and discharge pressure at 0.1 bar.
The steam mass ﬂow rates in this conﬁguration are then optimized
while all the other streams of the BIGCC system and the sugar-cane
conversion process are left unaltered. The resulting integrated
grand composite curve presented in Fig. 16 clearly shows how the
thermal streams of the blue curve (steam bottoming cycle) are
almost perfectly matched to those of the red curve (bagasse drying,
gasiﬁcation and combustion, sugar-cane conversion process). The
increase in power generation is greater than 5 MW and the efﬁ-
ciency of the combined cycle increases well (þ1.8 points).
The other option for improving total site power generation
potential is suggested by the fact that the mass ﬂow rate in the low
pressure section of the bottoming cycle is limited by the crystalli-
zation heat load (Fig.15). In fact, the largest quota of the steammass
ﬂow rate extracted for process heating is required at the temper-
ature levels of the ﬁrst evaporation effect and crystallization. Thus,
a possible solution to increase the steam mass ﬂow rate expanded
to the cold utility level is to reduce process heat requirement byposite curve with CHP system 2.
Fig. 16. Case 1: integrated grand composite curve of a condensing turbine with 3 steam extractions.
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be placed across the pinch points of the process thermal cascade,
and in Figs. 15 and 16 clearly show that the crystallization thermal
stream (red curve) activates a utility pinch point with the thermal
stream of water preheating at low pressures (blue curve). Since
a large quantity of steam is produced by water evaporation at the
crystallization pans, the heat pump effect can be simply obtained
by vapor recompression. On one hand this increases the power
requirement of the process due to the extra power needed for
steam compression. On the other hand the crystallization thermal
streams would be reduced or even canceled in the process thermal
cascade as the result of the local thermal integration, thus allowing
a higher steam mass ﬂow rate to be expanded to 0.1 bar. The
coefﬁcient of performance (COP) of vapor recompression can be
roughly assessed considering the temperature of the steam exiting
crystallization pans (around 70 C) and setting the condensation
temperature after steam compression to 80 C, that is 10 C hotter
than crystallization operating temperature. Under these assump-
tions the estimated value of the COP is 17. Accordingly, in order to
increase net power generation, the steam mass ﬂow rate under-
going vapor recompression should be counterbalanced at least by
an equivalent steam mass ﬂow rate performing a Rankine cycle
with 6% thermal efﬁciency (1/COP ¼ 0.059). Indeed, with reference
to the case in Fig. 16, the increase in steam power cycle could be
obtained by expanded a larger amount of steam to 0.1 bar instead of
0.47 bar (corresponding to the temperature level of crystallization),
and as a result the efﬁciency of the Rankine cycle performed by this
portion of steam cycle would increase of about 10 points. Thus, the
additional steam to be expanded from 101 to 0.1 bar should be
more than 60% of the steam to be recompressed in order to coun-
terbalance the additional power needed by recompression. Actu-
ally, a detailed calculation of steam mass ﬂow rates shows that the
additional steam that can be produced and used for increasing net
power generation with local vapor recompression at crystallization
temperature level is far less than 60% of the steam to be recom-
pressed, hence vapor recompression is apparently a solution to be
dropped for thermodynamic reasons.6. Conclusions
The paper shows the beneﬁts deriving from applying the
synthesis/design optimization procedure to a system conﬁguration
in which heat exchangers do not exist, being replaced by the only
hot and cold thermal streams involved in the internal heat transfer.This approach is applied to the analysis of a real combined sugar
and ethanol production process.
Heat and energy requirements of the process alone are ﬁrst
analyzed showing possible signiﬁcant improvements with respect
to the base case scenario. A one third reduction of the hot utility
requirement can be achieved mainly by adjusting the synthesis/
design parameters of the multi-effect evaporator, which indeed is
responsible for the largest quota of the heat demand. Moreover, the
synthesis optimization of the multi-effect evaporator shows that
the same reduction can be achieved by different possible conﬁgu-
rations. Additional optimization criteria should therefore be
considered for the ultimate choice.
Then, the conceptual design of a CHP system fuelled with
bagasse (the main process by-product) and its integration with the
production process is presented. Different CHP system conﬁgura-
tions are considered, the main constraint for thermal integration
being the utility pinch point at the sugar crystallization. In partic-
ular, starting from 138.9 kg/s of sugar-cane, the present analysis
shows that, in addition to the sugar and ethanol production rates
(9.21 kg/s and 4.19 kg/s respectively in the base case condition),
a CHP system fuelled with all the bagasse extracted form the sugar-
cane can cover the entire process heat requirement and still
produce a considerable amount of electrical power that can be sold
to the grid (76 MW (¼153 kWh/tcane) in the case of traditional
combustion and steam cycle power plant, up to 122 MW
(¼245 kWh/tcane) in the case of advanced BIGCC power plant).
The presented results are obtained considering pure thermo-
dynamic objective functions, but give potential indications for
thermoeconomic improvements. Further studies are needed in this
direction to evaluate alternatives (e.g.,[28,29,40]) to the traditional
solutions for bagasse recovering presented here, and to explore
new techniques for the exploitation of other by-products of juice
treatment, fermentation and distillation processes.References
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